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Abstract: The objective of this study is to investigate the techno-economic feasibility of
supercritical water gasification (SCWGQG) of black liquor integrated to a Kraft pulp mill. The
process simulations have been performed through Aspen Plus software. The assessment
includes five integration scenarios: stainless steel 316 or Inconel 625 as the reactor materials
and hydrogen or combined heat and power (CHP) as the target products. The results illustrates
that Inconel reactor is more profitable for CHP production than stainless steel as well as
providing lower production cost of hydrogen. Inconel is also more robust against loss of
pulping chemicals and changes in the energy price. However, the assessment uses the
experimental yields even though surface-to-volume ratio of the reactor will reduce in the
industrial scale. Therefore, the results should be validated in pilot scale as well before
implementation. Nevertheless, a special reactor configuration can increase surface area. The
techno-economic results can be improved by comprehensive investigations of process
conditions including also residence time, the concentration of reactor inlet and heterogeneous
catalyst. In addition, the SCWG process integrated to a pulp mill can also receive feedstocks
from other biomass sectors. This would improve the economic and environmental
performances of those sectors as well.

Keywords: supercritical water gasification, black liquor, integrated biorefinery, feasibility,
hydrogen production, process simulation, techno-economic assessment

1. Introduction

The importance of biomass has increased due to the environmental issues and fossil fuel
depletion. Rather than 1st generation biorefinery, the sustainable industry could include
integrated processes utilizing non-edible crops or waste and by-product streams. However, this
requires advanced technologies currently in need of further investigations and techno-
economical improvements. The main conversion routes include pyrolysis and gasification
processes followed by the production of various fuels and chemicals [1,2]. In addition,
electrochemical conversion is another method to produce platform chemicals [3-5].



As a major biomass sector, pulp and paper industry provides green energy and a potential for
multi-product biorefinery. For instance, black liquor combustion consists of 12 % of the whole
combined heat and power (CHP) generation in Finland in 2014 [6]. The commercial treatment
includes evaporation followed by recovery boiler. However, this treatment has operational
issues despite being feasible for wood mills. The energy-demanding evaporation step is the
main issue the commercial treatment. Furthermore, this treatment is unsuitable for non-wood
mills. Silica content of non-wood black liquor causes too high viscosity to transfer when
concentrating to sufficient concentration for the recovery boiler. The maximum limit for proper
flowability is around 50 % solid content; however, the recovery boiler then becomes inefficient.
In addition, there are also market issues driving pulp mills to be evolved into multi-product
plants: decreasing demand for printing paper and the “green” production becoming more
important. An industrial implementation involves the lignin recovery through acidification of
black liquor [7]. In addition, prior partial wet oxidation (PWO) reduces the filtration resistance
without altering the material quality, known as LignoForce process [8]. The most investigated
alternative include black liquor gasification [9]. Then, the syngas can be processed to produce
electricity, motor fuels or dimethyl ether [10]. However, despite slight increase in power
efficiency compared to the recovery boiler treatment, gasification also requires evaporation as
a prior step. The efficiency of a gasifier increases with decreasing moisture content of inlet
stream, thus requiring an intensive feed stream drying [11]. From the economic viewpoint,
moisture content of biomass feedstock increases the production cost of electricity via drying
followed by gasification [11]. Similarly, an exergy analysis pinpointed the evaporation step as
the main source of exergy loss for thermal processes and reported higher exergy efficiencies
for hydrothermal processes [12]. For instance, supercritical water gasification (SCWQG)
becomes more efficient than gasification process when the feedstock moisture is more than 30
% [13]. Therefore, hydrothermal processes are more effective for wet biomass. Similarly,
hydrothermal liquefaction (HTL) produces bio-oil with less oxygen content compared to
pyrolysis, thus requiring less hydrogen for upgrading [14]. As another alternative, PWO of
black liquor can produce carboxylic acids or salts of these acids [15]. However, separation of
each acid or salt becomes challenging due to dilute streams [16].

SCWG is a potentially suitable process for by-products of a pulp mill, e.g. black liquor [17—
19], black liquor mixed with wheat straw [20] and paper sludge [21]. Supercritical water
becomes an effective solvent for organics and gases [22]. The reaction rates become faster as
well with the dominance of radical mechanism at high temperature; for instance,
depolymerization reactions occur instantly [23,24]. However, SCWG has plugging issue due
to the negligible solubility of inorganic salts. Nevertheless, a suitable reactor configuration can
provide an opportunity for the recovery of pulping chemicals in the solid residue. Regarding
the technology readiness level, SCWG has reached to the pilot scale for other types of biomass
than black liquor: VERENA pilot plant, a pilot plant in Hiroshima and another plant in Pacific
Northwest Laboratory with the capacities of 2.4, 1 and 0.6 ton of wet biomass per day,
respectively [25,26]. In addition, there is also PSI (Paul Scherrer Institute) process with the



capacity of 24 kg per day, recently being upscaled 1.2 tons per day [27]. This process involves
a salt separator followed by a reactor with fixed bed Ru/C catalyst. However, reaching
commercialization requires further improvements to reduce production costs and techno-
economic assessments for various biomass feedstocks.

Integrating SCWG of black liquor can improve the profitability of a pulp mill. The recent
studies reported promising yields of syngas [17,19]. The impact analysis of conditions
pinpointed temperature as the most influential parameter followed by residence time and feed
concentration [17]. Even though residence time is expected to improve the yields [19], long
residence time at high temperature can cause repolymerization, thus increasing char formation,
as well as increasing the reactor cost [28]. From the techno-economic assessment viewpoint,
moderate level of residence time is at the interest to design a feasible process in terms of reactor
costs and promising gas yields.

The purpose of this study is to determine the feasibility of SCWG of black liquor integrated
with a pulp mill. The SCWG process is designed by using the experimental data presented in
a previous study [17]. Five different scenarios are investigated based on two reactor materials
and syngas target products: combined heat and power (CHP) production or H> production in
an Inconel 625 or a stainless steel 316 reactor.

2. Process Description and Simulation of the Scenarios

This study investigates the integration of SCWG to a Kraft mill with the capacity of 400 000
air-dried tons of (ADt) pulp per year. The mill is assumed to produce 10 tons of weak Kraft
black liquor (KBL) per ADt pulp. Transferring 20 % of weak KBL results in the SCWG plant
capacity of 100 t/h weak black liquor inlet. Table 1 summarizes the integration case. Table 2
presents the main properties of weak KBL.

Table 1. The pulp mill and the integration case

The pulp mill capacity 400 000 ADt / year
The weak black liquor amount 4 Mton / year
The fraction of KBL to SCWG plant | 20 %
Annual operation duration 8000 h / year
800 ktons weak BL inlet / year
The SCWG plant capacity 100 t weak BL inlet/ h
22.8 tdry solid intet / h




Table 2. Properties of weak KBL

Organic content 14.7 wt-%

Ash Content 8.1 wt-%

Sodium 18.36 g/kg KBL
Sulphur 8.26 g/lkg KBL
LHV 14.4 MJ/kg dry basis
Moisture content | 77.2 wt-%

2.1. Integration Scenarios

The basis for the process design include experimental data at temperature range of 500-700 °C
and 25 MPa, with residence time of 1.3-1.9 minutes (constant inlet volumetric flow rate,
residence time varying slightly with temperature) and in Inconel 625 and stainless steel 316
reactors [17]. SCWG process can be integrated with the target product of CHP or hydrogen.
The reaction temperature is selected to maximize hot gas efficiency for CHP production and to
maximize hydrogen yield for hydrogen production. In addition, a scenario of Inconel reactor is
added at 700 °C as a hydrogen production scenario because of higher thermal efficiency
resulting in higher revenue through off-gas, despite lower hydrogen yield than the scenario of
Inconel reactor at 600 °C. Furthermore, although Inconel gives higher yields, stainless steel is
a cheaper material. Therefore, it is worth to investigate both reactor materials from the

economic viewpoint. Table 3 presents the scenarios.

Table 3. The scenarios of SCWG plant integration

Scenarios Target product | Reactor material Reactor
temperature
CHP-Inc-700 | CHP Inconel 625 700 °C
CHP-SS-700 | CHP Stainless steel 316 | 700 °C
H2-Inc-600 Hydrogen Inconel 625 600 °C
H2-Inc-700 Hydrogen Inconel 625 700 °C
H2-SS-700 Hydrogen Stainless steel 316 | 700 °C




H,-rich gas

>

CO,-rich gas

y

SCWG of black liquor

Weak black liquor

Brine and char

Evaporators l
Recovery

Strong black liquor ;
Boiler

White Liquor Green Liquor
(to pulping unit) l

Water

§V‘\\.\\,
mllwaustisizing

Figure 1. The integration of SCWG to a pulp mill

SCWG process can convert part of the weak black liquor into syngas, defined as 20 % in this
study. The brine and char residue can be recycled to the recovery boiler to enable the recovery
of pulping chemicals and to recover the energy stored in char. Figure 1 shows the integration
of SCWG to a pulp mill. The integration to a pulp mill leads to certain advantages regarding
infrastructure:

o the gas engines and turbines of the mill utilized for CHP production
o flue gas from the recovery boiler utilized for heating to high temperature
o the excess heat to be utilized or sold

2.2. Process Simulation in Aspen Plus

Aspen Plus simulation requires feedstock definition, yields and thermodynamic methods. The
stream class is defined as “MIXNC”. The non-conventional solid (NC Solid) components
include lignin, ash and char. The enthalpy and density methods are defined as “HCOALGEN”
(with all optional codes of 1) and “DCOALIGT”, respectively. These methods being originally
suggested for coal would not cause significant errors since the organic part is mostly lignin and
streams are very dilute.

Table 4 gives the weak black liquor components and flow rates. Table 5 gives the analysis of
non-conventional components. Temperature and pressure of the feed black liquor are defined
as 175 °C and 11 bars. The thermodynamic method is defined as “SRK” equation of state and
“STEAMNBS” for water properties. SRK is suitable for high-pressure systems with lean liquid
streams, as listed also one of the suitable options in the selection guide of Aspen Plus. Then, it



is recommended to use NBS tables for water properties when using SRK equation of state. The
“RYIELD” type of reactor is used in the simulation. Table 6 gives yields in the reactor per non-
inert inlet, and ash is defined as the only inert.

Table 4. Feed stream components and flow rates

Mixed NC Solid

Component | Flow rate (kg/h) | Component | Flow rate (kg/h)
Glucose 48 Lignin 13664

Galactose 201 Char 1

Arabinose 165 Ash 8073

Xylose 414

Mannose 187

Water 77247

Table 5. Analysis of non-conventional components

Lignin | Char | Ash
Ultimate
Carbon 48.5 60 0.04
Hydrogen 6.4 5 0
Oxygen 45.1 35 25
Sulphur 0 0 10
Ash 0 0 64.96
Sulphur
Pyritic 0 0 5
Sulfate 0 0 5
Organic 0 0 0
Proximate
Fixed carbon | 48.6 65 0
Volatile matter | 51.5 35 0
Ash 0 0 100

Table 6. The reactor yields as mass/mass non-inert

CHP-Inc-700 | CHP-SS-700 | H2-Inc-600 | H2-Inc-700 | H2-SS-700
H, 2.495x 1073 2483x 107 [2.979x 1073 |2.495x 107 | 2.483 x 1073
CO, |3.040x 107 3.437x 102 |2.782x 102 | 3.040x 102 | 3.437x 10
CHs |7.748x 103 6.205x 107 | 4.746x 107 | 7.748 x 107 | 6.205 x 107
CcO 1.344x 10* 1.048 x 10* | 1.239x 10* | 1.344x 10* | 1.048 x 10
CoHs |2.282x 107 1.705x 102 | 9.769x 10* | 2.282x 10 | 1.705 x 10
CoHs | 1.495x10* 1.242x 10* | 2251 x10* | 1.495x 10* | 1.242x 10*
H20 [9.010x 10! 8.983x 107" [9.011x 10" {9.010x 10" | 8.983 x 10"
char [ 9.011x 107 9.835x 102 | 1.454x 102 |9.011x 107 | 9.835x 107




3. Material and Energy Balances

The process concepts are similar for all the scenarios. The weak black liquor cannot be heated
to supercritical temperature of water prior to the reactor due to the issue of inorganic salt
deposition in pipelines. Therefore, the weak black liquor and the recycled liquid are fed
separately to the reactor. The reactor operates adiabatically by adjusting temperature of
recycled liquid so that the mixture of these two inlets result in temperature slightly above the
reaction temperature to compensate the endothermic reaction enthalpies. Nevertheless, this
temperature variation is only around 15 °C. The recycled liquid can be heated with flue gas,
e.g. a pipeline into the recovery boiler then back to the reactor. The separation involves two
steps: high-pressure separation to recover Hp-rich gas and low-pressure separation to recover
COg-rich gas. Then, H»-rich gas goes through pressure swing adsorption (PSA) for the
hydrogen production scenarios.

3.1. CHP Production Scenarios

The CHP production scenarios aim at maximizing the heating value of Ho-rich gas outlet. The
temperature of high-pressure phase separation plays a vital role in this aim and the overall heat
integration of the process. High temperature causes lower mass fraction of combustibles in
higher flow rate of Ho-rich gas due to increasing solubility of gases and vapor pressure with
temperature. Therefore, low temperature of 45 °C is selected for high-pressure phase

separation.
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Figure 2. Process simulation of the CHP production scenarios



Figure 2 shows the process flow diagram of the energy production scenarios. The inlet
“BLFEED” stream represents the weak black liquor received from the pulp mill. The outlet
streams are “H2RICH” and “CO2RICH” gases and “CHARBRIN” solid as well as
“WATERDIS” liquid. The stream of “H2STP” has an illustrative purpose to determine
enthalpy difference between the outlet and the standard states. The energy inlet in the unit
“FLUEGASH” heats the recycling liquid to 1000 °C by using flue gas. The temperature is
selected to adjust heat duty of the reactor “SCWG” to zero. This energy inlet is assumed to
have as CHP due to high temperature reached via flue gas. The stream “RFEED” has an
illustrative purpose to observe the mixture temperature of black liquor and the recycling liquid.
The energy outlet from the unit “HEATOUT” is district heat, cooling the high-pressure
separation inlet. The pumps “HP-PUMP” and “HPPUMP” pressurize the black liquor feed and
recycling liquid to 255 bars, respectively. The extra five bars is assumed for the pressure losses
in the pipelines and the units. In the simulation, the reactor is represented with “RYIELD”
reactor namely “SCWG” and solid removal with “SSPLIT” unit namely “SOLIDSEP”.

The heat integration plays a critical role to reduce the external energy need. The “SYNGAS”
stream heats the “HEATEDEF” stream. In Aspen, HeatX type of unit does not allow crossing
over the critical temperature whereas Heater unit can simulate this cross over. Therefore, the
heat exchange between “SYNGAS” and HEATEDEF” streams are simulated in two stages.
First, “HPHOTINT” stream is set to 365 °C in the unit “HEATREAC”. Then, “HPHOTREC”
temperature is set to 680 °C in the unit “HEATREA1” and the heat of this unit is transferred to
“HEATREA2” where the syngas is further cooled. The heat exchanger “PRODCOOL” heats
the black liquor feed with “COOLPROD” stream. Similarly, the heat exchanger “SYNEFF”
heat the recycling liquid. In these heat exchangers, the specification is defined as 20 °C
temperature difference between hot inlet and cold outlet.

Figure 3 shows the input-output diagram for the energy production scenarios. The heating value
of H2-rich gas is determined as the lower heating value (LHV) plus the enthalpy difference in
the “H2TOSTP” unit. The energy output in “HEATOUT” units is assumed as district heat due
to low temperature of the upstream. The heating value of H»-rich gas is higher for the CHP-
Inc-700 scenario because of higher gas yields.



Figure 3. Input-output diagram for the energy production scenarios

3.2. Hydrogen Production Scenarios
Similar to energy production scenarios, low temperature favors the hydrogen amount in H»-

rich gas. Therefore, the lowest possible temperature is selected for the high-pressure phase
separation, i.e. 45 °C.
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Figure 4. Process simulation of the hydrogen production scenarios

Figure 4 shows the process flow diagram of the hydrogen production scenarios. The process
description is the same with the energy production scenarios, except Ho-rich gas going through
PSA for hydrogen purification. The recycling liquid “SCWRECYC” is heated up to 1001 °C



for H2-SS-700 and H2-Inc-700 scenarios and to 866 °C for H2-Inc-600 scenario to adjust heat
duty in the reactor “SCWG” to zero. In addition, the same heat integration is applied for the
hydrogen production scenarios as well. “HPHOTREC” temperature is set to 680 °C for the H2-
SS-700 and H2-Inc-700 scenarios and to 580 °C for the H2-Inc-600 scenario.

Figure 5 shows the input-output diagram for the hydrogen production scenarios. The energy
input and outputs are the lowest for the H2-Inc-600 scenario due to lower temperature.
Nevertheless, the hydrogen gas outlet is significantly higher in the H2-Inc-600 than the other
two scenarios due to higher yields. The other two scenarios result in similar hydrogen yield
whereas the H2-Inc-700 scenario provides the highest CHP production through off-gas.
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Figure 5. Input-output diagram for the hydrogen production scenarios
4. Equipment Design and Economic Evaluation
The equipment design is based on the chemical engineering design formulas [29] and pricing

is based on the cost engineering principles [30]. All the purchase equipment costs are updated
to the year 2018 through chemical engineering plant cost indexes (CEPCI). Operating costs are



also calculated based on the rules of thumbs [31]. In addition, the prices are converted to euro
by using euro/dollar currency as 0.88.

4.1. Equipment Sizing and Capital Costs

The process units include the reactors, pressure vessels for phase separations, heat exchangers
and pumps. The reactor is scaled up proportional to the capacity and designed as vertical vessel
to enable solid separation. The reactor configuration can be applied as in VERENA pilot plant
to avoid the plugging issues. The liquid feedstock and recycling supercritical water enter the
reactor from the top. After flowing downwards, gas flows upwards through a dip-tube located
at the center of the reactor. Meanwhile, solid phase is separated from downwards. For all
scenarios, both HPSEP and LPSEP have the diameter of six times the minimum allowable
diameter calculated via the settling velocity and are equipped with demister pad. These units
are sized based on the liquid hold-up time of ten minutes. Pumps are designed through the head
and duty calculation [29]. The recycling liquid pumped by the “HPPUMP” is transported
through 100 m of equivalent pipeline and two heat exchangers to the “SCWG” reactor unit.
The black liquor feed pumped by the “HP-PUMP” passes through 5 m of equivalent pipeline
and one heat exchanger to the reactor. The efficiency of pumps is assumed as 80 % and each
heat exchanger is assumed to cause pressure drop of 200 kPa. The heat exchangers are designed
as shell-and-tube type, and Table 7 shows the heat transfer coefficients [29]. The pressure
swing adsorption is represented as a separator to split the hydrogen and off-gas: “PSA” unit.
The design of PSA is simplified based on a study investigating hydrogen purification from a
gas mixture similar to syngas [32]: four columns with the recovery of 52 % and productivity
of 59.9 mol Ho/kg adsorbent/day. The columns contain layered beds with activated carbon and
zeolite with equal volumes.

Table 7. The heat transfer coefficients of heat exchangers in W/m? °C

h1 h2 U
PRODCOOL | 1500 (dilute aqueous) 1800 (dilute aqueous) | 818.2
SYNEFF 2200 (condensed aqueous and dilute aqueous) | 1800 (dilute aqueous) | 990

2000 (gas at high pressure and condensation of | 2000 (boiling aqueous) | 1000
aqueous vapor)

HEATREAC

Table 8 shows the equipment sizes. The reactors are designed as two parallel and identical
reactors to which the inlet flow is split equally. The pumps are designed as multistage pumps
[29]. The heat exchangers with more than 1000 m? area are designed as series heat exchangers
with equally split area.



Table 8. Equipment list and design

Equipment | CHP-Inc-700 | CHP-SS-700 | H2-Inc-600 H2-Inc-700 H2-SS-700

Vot 121.2m° | Vier: 1212 m% | Vs 121.2 m? Vit 121.2 m? Viota: 121.2 m?

H/D: 11.55 H/D: 11.55 H/D: 11.55 H/D: 11.55 H/D: 11.55
SCWG D: 1.88 m D: 1.88 m D: 1.88 m D: 1.88 m D: 1.88 m

L:21.75m L:21.75m L:21.75m L:21.75m L:21.75m

2 in parallel 2 in parallel 2 in parallel 2 in parallel 2 in parallel

H: 1428 m H: 1420 m H:15.12m H: 1428 m H: 1420 m
HPSEP D:2.67m D:2.67m D:2.54m D:2.67m D:2.67m

V:79.68 m* V:79.79 m? V: 76.46 m® V:79.68 m* V:79.79 m?

H:13.99m H: 13.06 m H: 13.83m H:13.99m H: 13.06 m
LPSEP D:2.73 m D:2.92m D:2.76 m D:2.73m D:2.92m

V:81.79 m? V:87.24 m’? V:82.71 m? V:81.79 m? V:87.24 m’?

Centrifugal Centrifugal Centrifugal Centrifugal Centrifugal

Piotal: 2.32 MW | Piotar: 2.32 MW | Potar: 2.32 MW Piotal: 2.32 MW Piotar: 2.32 MW
HPPUMP hiotar: 2816 m hiotar: 2816 m hiotar: 2815 m hiotar: 2816 m hiotar: 2816 m

0: 254 m’/h ¥: 254 m3/h 0: 253 m*/h 0: 254 m’/h ¥: 253 m/h

Multistage Multistage Multistage Multistage Multistage

Centrifugal Centrifugal Centrifugal Centrifugal Centrifugal

Ptotal: 089 MW Ptotal: 089 MW Ptmall 089 MW Ptotal: 089 MW Ptmali 089 MW
HP-PUMP hiotar: 2581 m hiotar: 2581 m hiotar: 2581 m hiotal: 2581 m heotar: 2581 m

0: 103 m*/h 0: 103 m’/h 0: 103 m*/h 0: 103 m*/h 0: 103 m*/h

Multistage Multistage Multistage Multistage Multistage

Q: 2243 MW Q: 2242 MW | Q:21.43 MW Q:22.43 MW Q:22.42 MW
PRODCOOL A: 415 m? A: 416 m? A:392 m? A: 415 m? A: 414 m?

Q: 97.80 MW Q:97.60 MW | Q: 93.80 MW Q:97.80 MW Q: 97.60 MW
SYNEFF A: 1656 m? A: 1670 m? A: 1675 m? A: 1656 m? A: 1670 m?

2 in series 2 in series 2 in series 2 in series 2 in series

Q: 141.3 MW Q:141.5MW | Q: 126.1 MW Q: 141.3 MW Q: 141.5 MW
HEATREAC | A: 5602 m? A: 5592 m? A: 4789 m? A: 5602 m? A: 5592 m?

6 in series 6 in series 5 in series 6 in series 5 in series

- - 4 columns 4 columns 4 columns
PSA Vtotal: 54.17 m3 Vtotal: 45.34 m3 Vtotal: 45.12 m3

ACiotal: 45.6 ton ACotr: 38.2 ton ACiotl: 38.0 ton
Zeolitear: 61.0 ton | Zeolitew: 51.0 ton | Zeolitewr: 50.8 ton

The purchasing costs are shown in Table 9. The differences in purchasing cost result mainly

from the cost of reactor materials. The material factors were given as 1.4 for stainless steel and

3.4 for Inconel 600 for purchase cost of equipment cost [30]. The material factor of Inconel
625 is adjusted as 4.06 based on the relative price of Inconel 625 to Inconel 600 [33].

Table 9. The equipment purchase costs in 2018 in M€

Equipment CHP-Inc-700 | CHP-SS-700 | H2-Inc-600 | H2-Inc-700 | H2-SS-700
SCWG 5.614 1.936 5.614 5.614 1.936
HPSEP 1.173 1.174 1.139 1.173 1.174
LPSEP 0.137 0.143 0.138 0.137 0.143
HPPUMP 0.615 0.615 0.615 0.615 0.615
HP-PUMP 0.333 0.333 0.333 0.333 0.333
PRODCOOL 0.378 0.379 0.364 0.378 0.378
SYNEFF 1.203 1.210 1.212 1.203 1.210
HEATREAC 3.910 3.906 3.315 3.910 3.906
PSA - - 0.203 0.177 0.176
Total production cost 13.4 9.7 12.9 13.5 9.9




Table 10 shows the total capital investments: calculated as the sum of fixed capital investment
and working capital, as in Equation 1. The fixed capital investment is calculated by multiplying
the purchase cost of equipment with two factors as shown in Equation 2 [29]. The first factor
represents the physical plant cost including equipment erection, piping, instrumentation and
buildings. The second factor represents the costs of engineering, supervision, contract fee and
contingency. Then, the working capital represents the cost of one-month operating cost before
the first sales, as shown in Equation 3. (Operating costs are determined in the next subsection.)

Total Capital Investment = Fixed capital investment + Working capital (D)
Fixed capital investment = Purchase cost of equipment x 3.15 x 1.40 (2)
Working capital = Annual operating cost/12 3)

Table 10. Investment costs in 2018

Scenario Fixed capital Working Total capital
investment (M€) | capital (M€) | investment (M€)
CHP-Inc-700 58.9 5.2 64.1
CHP-SS-700 42.7 5.0 47.8
H2-Inc-600 57.0 4.9 61.9
H2-Inc-700 59.7 5.2 64.9
H2-SS-700 43.5 5.0 48.5

4.2. Operating Costs and Revenues

Operating costs comprise variable and fixed costs. The variable costs include raw material,
electricity for pumps, heat from flue gas and operating supplies. The fixed costs include labor,
employee social benefits, supervision, laboratory, insurance and taxes, maintenance and plant
overhead. It is assumed that CHP process generates energy as 30 % electricity and 70 % heat.
With the electricity price of 75 €/ MWh [34] and the district heat price of 60 €/ MWh [35], the
weighted average is 64.5 €/ MWh as the price of energy associated with the heating value of
black liquor and flue gas. The operating supplies, maintenance, insurance and taxes, and plant
overhead costs are assumed to be 1 %, 6 %, 3 % and 1 % of the fixed capital costs, respectively
[29]. Labor is calculated based on two operators per shift based on the equipment of the plant
[31], with the salary of 3000 €/month and three shifts per day, besides a manager with the salary
of 5000 €/month. Employee social benefits, supervision and laboratory costs are 40 %, 30 %
and 10 % of the labor cost, respectively [29].

The black liquor cost is calculated based on the functionality and operation in the commercial
treatment, as shown in Table 11. The amount of heat to concentrate black liquor is calculated
based on steam economy information in the evaporation step [36]. Then, the cost of evaporation
is calculated by multiplying this heat amount with the district heat price. In addition, it is
assumed that 5 % of solid content also evaporates in the evaporation step [37]. The air amount
and the heat amount to preheat air and black liquor were given based on the industrial recovery
boilers [37]. The given price of air for 1998 was updated to the current price through CEPCI
indexes [29]. The prices of cooking chemicals were obtained from the indicative chemical price



list [38]. It is assumed that the cooking chemicals can be recovered by recycling the solid outlet

to the recovery boiler. Nevertheless, Table 11 also shows inserting cost of cooking chemical

loss, used in the sensitivity analysis in case of incomplete recovery. The amounts of cooking

chemicals are calculated from the black liquor content.

Table 11. The cost of weak black liquor: 1 kg of weak black liquor as the basis

Commercial Remarks Material and energy | Contribution to the black
treatment needed or produced liquor price
operation

Evaporation | Moisture down to 20 % 325 kJ heat needed -0.00542

In: 0.228 kg solid, 0.772 kg water
Out: 0.217 kg solid, 0.054 kg water
Recovery In: 0.217 kg solid, 0.054 kg water | 1.26 kg air needed -0.01097
boiler 13.6 MJ/kg dry solid 89.6 kj preheating air | -0.001494
3.04 kj preheating BL | -0.00005063
88.5 % efficiency of steam gen. 2.95 MJ 0.04679

Chemical Make-up to the digester 0.037 kg Na,S (0.01828) x loss fraction

loss 0.451 €/kg Na»S, 0.133 €/kg NaOH | 0.012 kg NaOH

Price of weak black liquor

0.02887 + (0.01828 x loss fraction)

Operating costs are listed in Table 12. The main operating costs are black liquor and heat from

flue gas. The H2-Inc-600 scenario has slightly lower cost of heat from flue gas due to lower

reaction temperature. The scenarios with Inconel 625 reactors have slightly higher costs in the

expenses linked to the investment costs, such as maintenance and insurance.

Table 12. Operating costs for all scenarios in M€/year in 2018 basis

CHP-Inc-700 | CHP-SS-700 | H2-Inc-600 | H2-Inc-700 | H2-SS-700

Black liquor 23.09 23.09 23.09 23.09 23.09
Operating supplies 0.59 0.43 0.57 0.59 0.43
Heat from flue gas 29.76 29.80 27.27 29.76 29.80
Electricity 1.93 1.93 1.93 1.93 1.93
Labor 0.28 0.28 0.28 0.28 0.28
Employee social 0.11 0.11 0.11 0.11 0.11
benefits

Supervision 0.083 0.083 0.083 0.083 0.083
Laboratory 0.028 0.028 0.028 0.028 0.028
Insurance & tax 1.77 1.28 1.71 1.79 1.28
Maintenance 3.54 2.57 3.42 3.58 2.57
Plant overhead 0.59 0.43 0.57 0.60 0.43
Total operating cost 61.8 60.0 59.1 61.8 60.1

The revenues are calculated based on the functionality of product gases. For the energy

production scenarios, the revenue involves the heating value in Hp-rich gas and the excess

district heat. For the hydrogen production scenarios, the revenue involves hydrogen in H»

stream, off-gas used for CHP production and the excess district heat. Equations 4 and 5 show

the revenue calculation for the energy and hydrogen production scenarios, respectively:



. € _€
Reveyp = (M * LHV )y _yicp x 64.5 MWh + Qnear x 60 MWh @

. . € € ) €
Revy, = my, x Pricey, wmt Qneat X 60—+ (1 * HV)ofrgqas X 64.5——— ®))

where h represents mass flow rate, LHV represents the lower heating value and Qneat represents

the excess heat rate as shown in Figures 3 and 5.

Table 13. Revenues in M€/year in the year 2018

Scenario H2-rich gas | H2 | Off-gas | Excess heat | Total Revenue
CHP-Inc-700 39.8 - - 32.2 72.0
CHP-SS-700 34.4 - - 31.6 66.0
H2-Inc-600 - 13.7 23.2 29.5 66.4
H2-Inc-700 - 5.2 32.1 32.2 69.5
H2-SS-700 - 7.2 26.8 31.6 65.7

Table 13 determines the revenue for all scenarios. The energy production scenario with the
Inconel reactor have slightly more revenue due to higher yields than stainless steel reactor. For
the hydrogen production scenarios, the manufacturing cost of hydrogen is determined by
setting 20-year NPV to zero and used as the price of hydrogen in the revenue calculation. The
manufacturing cost of hydrogen is 3.193 €/kg H» for the H2-Inc-600 scenario, 1.456 €/kg H»
for the H2-Inc-700 scenario and 2.073 €/kg H: for the H2-SS-700 scenario.

4.3. Profitability

Profitability is evaluated based on net present value (NPV) and internal rate of return (IRR) for
the energy production scenarios. For the hydrogen production scenarios, the manufacturing
cost of hydrogen is calculated by setting NPV to zero at the project end time. The project
lifetime is considered as 20 years with straight line depreciation model. The investment is
applied in the year 0 and the operation starts in the year 1. The interest rate is assumed as 2 %
for the investment cost, and the discount factor is assumed as 5 %. Equations 6-13 give the
formulation net present value calculation.

Earning before interest and tax (EBIT) = Revenue — Operating Cost (6)
Depreciation = 0.05 x Total Capital Investment (7)
Profit before tax = EBIT — Depreciation (8)
Interest = 0.02 x Total Capital Investment 9
Tax = 0.25 x Profit before tax (10)
Profit after tax = Profit before tax — Tax — Interest (11)
Net Present Value, = —Total Capital Investment (12)
NPV, = NPV,_, + (Profit after tax + Depreciation)/(1 + 0.05)" (13)

Figure 6 shows the NPV and IRR for the energy production scenarios and the hydrogen
manufacturing costs for the hydrogen production scenarios. For the energy production, both
scenarios give positive NPV and reasonably good IRR whereas CHP-Inc-700 scenario gives



higher NPV and IRR. For the hydrogen production scenarios, the highest production cost is
obtained in Inconel reactor at 600 °C despite the highest hydrogen yield, due to lower revenue
from the off-gas. In contrast, despite low hydrogen yield, the lowest production cost is obtained
in Inconel reactor at 700 °C because of higher revenue from the off-gas.
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~+~CHP-Inc-700: IRR = 0.09

3193

~+CHP-§5-700: IRR = 0.06

r~
o

2073

o

1456

(]

Hydrogen cost (€/kg)

—_

=
b

0 2 4 6 8 w1 ¥ B B w0 0
Time (year) B H2-Inc-600 B H2-Inc-700 B H2-85-700

Figure 6. The profitability of the energy production scenarios and manufacturing costs for the
hydrogen production scenarios

4.4. Sensitivity

The two critical aspects are the energy prices and cooking chemical loss, investigated for the
sensitivity analysis. The sensitivity analysis on energy prices assumes that the heat and
electricity price changes simultaneously with the same rate, thus changing the CHP price in the
same rate. The chemical loss is reflected on the black liquor cost based on the loss fraction.

The sensitivity results presented in Figures 7 and 8 show that Inconel reactor is more robust
against the changes in energy prices and chemical loss. In addition, the CHP-Inc-700 scenario
maintains positive NPV up to 15 % chemical loss while the CHP-SS-700 scenario has negative
NPV in case of any chemical loss.
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Figure 9 shows the sensitivity analysis for the hydrogen production scenarios. The chemical

loss influences sharply all scenarios although the scenarios with Inconel reactor are slightly

more robust. The production cost increases with

increasing energy prices, except for the H2-

Inc-700 scenario. The production cost increases with increasing energy prices, except for the

H2-Inc-700 scenario. The increase in energy prices increases the costs of black liquor and

heating the recycled SCW while increasing the revenue from off-gas as well. The sensitivity

results on energy prices show that the operation costs are more intensively influenced than the
revenue through off-gas. However, the H2-Inc-700 scenario has higher CHP outcome through

off-gas than other scenarios. With increasing energy price in the H2-Inc-700 scenario, the

additional revenue from off-gas is able to compensate the additional operational costs, thus

maintaining the production cost robust.
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Figure 9. The sensitivity analysis for the hydrogen production scenarios

4.5. Future Aspects and Implementation

This study performs conceptual feasibility assessment useful for the initial evaluation and
comparison of process alternatives. Since this methodology involves 30-50 % inaccuracy; for
the implementation purpose, the techno-economic assessment should be repeated including
rigorous models and the current market data for the simplified aspects. In addition, this study
assumes the same yields with experiments by scaling up the reactor proportionally to the inlet
flow rates. This aspect should also be confirmed with pilot scale operations before industrial
implementation. Since Inconel has more catalytic impact, the surface-to-volume ratio
influences the gas yields [39]. Although a large vessel does not provide as high surface-to-
volume ratio as lab-scale tubular reactors, the reactor design can involve some special
improvements on this regard, such as multiple, coil-shaped dip-tubes.

From the simulation viewpoint, a future scope can be representing the properties of biomass
with non-conventional components for the applications with more concentrated biomass
streams. The simulation studies of SCWG were mostly conducted for conventional
compounds, such as methanol [40], glycerol [41] and model compounds of lignocellulosic
biomass including glucose [40] and phenol [41]. These simulations involve Gibbs reactor
minimizing the Gibbs free energy of the system for the equilibrium simulations. Gibbs free
energy minimization can give consistent results with experiments for conventional compounds
[42]. However, non-conventional compounds are more complicated, and the reactions might
not reach equilibrium in a reasonable residence time for industrial implementation. For
instance, lignin and phenol are challenging substances on this regard. For the equilibrium
simulations, the reactor is represented as the unit decomposing the biomass stream into
elements followed by Gibbs reactor minimizing the Gibbs free energy of the system [41].
However, this is usually mismatching with the experiments in gasification and SCWG
applications. This mismatch results from very rough representation of non-conventional
compounds and some reactions having kinetics limitation (such as water-gas-shift reaction in
the absence of alkali metal). In addition, kinetic modeling of biomass conversion has also some



weaknesses due to the complexity: lacking the whole conversion route, lumped models,
assuming 1% order reactions and insufficient representation of temperature effect on rate
constants [43].

Regarding the integration of SCWG to a pulp mill, Inconel is more efficient for both energy
and hydrogen production. In addition, the reactors can operate adiabatically since thick walls
due to high pressure can reduce the heating efficiency. Since the heating rate is influential on
tar and char formation [44], adiabatic operation would address the undesired impacts of slow
heating rate as well.

SCWG can be an attractive treatment especially for non-wood mills. The non-wood black
liquor has currently no commercial treatment, causing environmental issues when discharging
or even plant shut down. SCWG can provide a treatment solution: processing the whole black
liquor. However, this also means that there is no infrastructure of CHP and turbines, thus
requiring extra investment. As an advantage, non-wood black liquor has more hemicellulose
and less lignin compared to KBL, thus implying less char and tar formation. For instance,
SCWG of wheat straw black liquor was investigated under various feed concentration and

residence time [18,45].

The results of techno-economic assessment can be improved by determining the optimum
conditions based on comprehensive investigations. Further investigations can include residence
time in the reactor, catalysts, the flow regime and concentration of the reactor inlet. For
instance, lowering reactor inlet concentration provides higher thermal efficiency and hydrogen
yield; however, this would require more CHP in the process operation due to higher amount of
recycling SCW. Nevertheless, catalysts can enable sufficient yields at lower temperature, thus
reducing the CHP need on the recycling SCW. Besides the alkali content in black liquor acting
as homogeneous catalysts, transition metal catalysts can promote the gas yields as
heterogeneous catalysts. Nickel catalysts have low cost while ruthenium is very active even
with low metal loading [46]. For instance, PSI process operates at 400-450 °C with Ru/C
catalyst [27]. Furthermore, the impact of a process condition depends on the set of conditions.
For instance, Inconel reactor promotes gas yields intensively compared with stainless steel at
high temperatures (600 °C or above) while stainless steel can be more effective at lower
temperatures around 400-500 °C [47]. From the raw material viewpoint, the integrated SCWG
process in a pulp mill can process the wastes of other sectors as well. SCWG has been
investigated for biomass types from other sectors as well: manure [48], algae [49], glycerol
[50], sewage sludge [51,52], fruit pulp [53], olive mill wastewater [54] and fermentation
residues [55].

The main obstacles for industrial application include high amount of char and solid deposition
resulting in plugging. The comprehensive studies can be useful for determining the conditions
with minimum char formation as well. Other measures of suppressing char formation include
bimetallic catalyst and phenol addition. Phenol addition ensures dissolution of all lignin



fraction and hinders repolymerization [28] despite decreasing the gasification of sugars [56,57].
Nevertheless, phenol addition can be beneficial for SCWG of black liquor because of high
content of lignin fractions. Bimetallic catalyst can improve the process via different roles in
the reaction mechanism. For instance, nickel promotes decomposition and gas phase reactions,
cobalt inhibits repolymerization, and Mg-Al support promotes depolymerization and
fragmentation [58]. Therefore, nickel-cobalt catalyst with magnesium-aluminum support (Ni-
Co/Mg-Al) improved gas yields with reduced char formation [58]. The solid deposition is an
issue also due to inorganic salts despite the possible reductions in char formation. Since alkali
metals promote the reactions, a solution can be a special reactor configuration enabling
simultaneous separation of solids, e.g. as in Verena pilot plant [26]. Alternatively, a salt
separator prior to the reactor can prevent catalyst poisoning in the reactor by removing Sulphur
content. A salt separator with dip-tube or riser-tube configuration can operate slightly over the
critical temperature with very short residence in the magnitude of seconds [59]. For instance,
catalytic VERENA setup operated without any issue for glycerol and digestate sludge
feedstocks, with a salt separator followed by a ZnO and Ru/C layered fixed-bed reactor [60].

The long-term operational aspects include catalyst deactivation and corrosion. The deactivation
can result from sintering of the heterogeneous catalysts [46] and the adsorption of intermediates
to the catalyst surface [61]. Nevertheless, bimetallic catalyst promotion can address this issue
because of promoting decomposition and suppressing repolymerization. Dispersion of the
active site on the support was also investigated as a key parameter for deactivation through a
study on ruthenium catalyst: the higher dispersion is the more improved stability of catalyst as
well as reduced char formation [62]. In addition, alkali catalysts can be improved regarding
activity and lifetime by adding trace amounts of transition metals [63]. Therefore, Inconel
reactor wall can have longer lifetime as the alloy of nickel, chromium and molybdenum.
Corrosion is another aspect for industrial implementation. SCWG has much less issue of
electrochemical corrosion than hot compressed water around critical point since radical
reaction mechanism is dominant at high temperature, rather than ionic mechanism. Some other
corrosion forms can occur as dealloying due to sulfide and under-deposit corrosion due to salt
fouling [64]. Despite some studies observing corrosion on Nickel alloys at high temperatures
[65], the reviews reported stainless steel and Nickel alloys as corrosion resistant materials
[64,66]. Moreover, the pilot plant in Hiroshima operates at 600 °C without any corrosion issue,
made of stainless steel reactor [25].

Furthermore, the process can be improved when integrated to a pulp mill with LignoForce
process, PWO of black liquor and lignin recovery by acidification. In addition, two parallel
reactors can operate also for syngas and bio-oil as the target products. PWO downstream can
be split between lignin recovery section, SCWG and HTL. This integration will increase the
product spectrum further: lignin, bio-oil, hydrogen and CHP. PWO oxidizes sulphur and
potentially prevents sulphur content in syngas, thus eliminating the need of gas cleaning
operation [67]. This would also prevent dealloying of the reactor wall due to sulphide.



However, more experimental data are needed for this type of multi-product process, e.g. HTL
and SCWG of PWO downstream.

In terms of sustainable biorefinery, it is economically more feasible to utilize all the waste
streams from biomass sectors than processing a single feedstock. Sectoral integration was
proposed as the biomass supply chain network [67]: pre-treatment in the biomass site, multi-
feed-multi-product processes as regional conversion and the central upgrading of the
intermediates. In this concept, the process can be integrated to a pulp mill as a regional
conversion process receiving other waste streams as well. This can improve both economic and
environmental performance of agriculture and aquaculture sectors as well as pulp and paper
industry.

5. Conclusion

This study investigates the feasibility of SCWG of Kraft black liquor integrated with a pulp
mill, considering the potential opportunity to evolve pulp mill to multi-product biorefinery.
The process is designed based on the experimental results and the purpose of product gases.
The main expenses of the process are raw material cost and the cost of heat from flue gas. In
addition, there is excess heat as an additional revenue source. Based on the present analysis,
Inconel reactor is more profitable than the stainless steel reactor for both energy production
and hydrogen production. In addition, the Inconel reactor is more robust against loss of pulping
chemicals in SCWG process and variations in energy prices. On the other hand, these results
require further validation during scale-up versus surface-to-volume ratio of the reactor due to
the uncertainty in catalytic effect of the reactor material.

SCWG can have further applications as well: a treatment option for non-wood mill or a regional
biomass conversion process. These applications require experimental data and economic
analysis with various biomass types. Nevertheless, since all types of biomass have high
moisture content, hydrothermal processes become more suitable for biomass conversion.
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