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a b s t r a c t 

A continuous flow apparatus was applied to measure the phase equilibrium at 523 K and 573 K. The per- 

formance of the apparatus was analysed with the determination of vapor pressures of water at the tem- 

peratures ( T = 453 K and 473 K). The measured water vapor pressures deviated from the literature values 

less than 1 %. Vapor pressures of n -dodecane, n -hexadecane and phenol were measured at the tempera- 

tures ( T = 523–623 K) and, the bubble point pressures of n -dodecane + phenol and n -hexadecane + phe- 

nol were measured at the temperatures ( T = 523 K and 573 K). The measured vapor pressures of the pure 

components were compared with the literature values. Relative vapor pressure deviated from the litera- 

ture value less than 2 % for all the measured vapor pressures. The measured vapor pressures value in this 

work agreed well with the literature, which indicates that the measurement apparatus and the method 

can produce good-quality data. The measured bubble point pressures for the n -dodecane + phenol and 

n -hexadecane + phenol systems were modeled with Peng-Robinson and Perturbed-Chain Statistical Asso- 

ciating Fluid Theory (PC-SAFT) equations of state and Non-random Two-liquid (NRTL) activity coefficient 

model. The measured systems were at first modeled with Peng-Robinson and Perturbed-Chain Statistical 

Associating Fluid Theory (PC-SAFT) equations of state without binary interaction parameters. Additionally, 

the parameters were regressed to optimize the performance of the models. The NRTL activity coefficient 

model described the behaviour of the measured and the literature data better than the equations of state. 

Furthermore, the Peng-Robinson equation of state resulted in better predictions than PC-SAFT equation of 

state even without binary interaction parameters regression. Both equations of state modeled the phase 

equilibrium behaviour of the system well. The n -dodecane + phenol system showed azeotropic behaviour. 

© 2021 The Author(s). Published by Elsevier B.V. 

This is an open access article under the CC BY license ( http://creativecommons.org/licenses/by/4.0/ ) 

1. Introduction 

The increasing energy demand and negative environmental im- 

pacts due to the use of fossil fuels have directed modern soci- 

ety to search and adopt renewable and sustainable energy sources. 

The use of biomass as a renewable source and its energy conver- 

sion via fast pyrolysis has already undergone scale-up [1] . In re- 

cent days, chemical recycling of waste plastics via pyrolysis has 

been an interest of study [ 2 , 3 ]. The increasing production of plas- 

tics and low recycling rates have led to increment of plastic wastes 

[3] , which shows that there is considerable scope of improvement. 

Traditionally produced from petroleum by-products, plastic poly- 

mers are rich in hydrocarbons [4] . Pyrolysis of plastics results in 

hydrocarbon rich oil with excellent fuel properties [5] . In addi- 
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tion, co-pyrolysis of biomass and waste plastic could result efficient 

method to improve the oil fraction [6] . 

Pyrolysis oil is a liquid product derived from biomass or waste 

plastics or both pyrolysis, which could be further employed in var- 

ious downstream applications subjected to appropriate upgrading 

and refining [ 1 , 3 ]. However, the complex mixture of pyrolysis oil 

consists of hundreds of oxygenated compounds [7] , which is one 

of the major challenges in process design [8] . Therefore, there is 

a need for reliable and predictive thermodynamic models to re- 

produce the multiphase behaviour of the main components for the 

design of separation processes. On the other hand, due to lack of 

experimental data for such complex systems, the phase behaviour 

of pyrolysis oil compounds requires further study for the develop- 

ment of predictive models [8] . 

Within these contexts, this work outlines the phase equilibrium 

behaviour of selected model components of pyrolysis oil. Hydro- 

carbons are the basis for the production of fuel and chemicals. 

The platform chemicals present in bio-oil are often converted to 

https://doi.org/10.1016/j.fluid.2021.112991 
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List of symbols 

abs absolute 

A parameter in the extended form of Antoine’s equa- 

tion 

B parameter in the extended form of Antoine’s equa- 

tion 

C parameter in the extended form of Antoine’s equa- 

tion 

D parameter in the extended form of Antoine’s equa- 

tion 

E parameter in the extended form of Antoine’s equa- 

tion 

k binary interaction parameter in the Peng-Robinson 

and PC-SAFT equation of states 

m segment number in the PC-SAFT equation of state 

M molar mass (g mol −1 ) 

n number of moles (mol) 

N number of data points 

P pressure (Pa) 

Q objective function in the regression 

T temperature (K) 

v l molar volume (cm 
3 mol −1 ) 

V volumetric flow rate (cm 
3 min −1 ) 

w mass (kg) 

x liquid mole fraction 

z total mass fraction 

Greek letters 

ɛ /k segment energy parameter (K) in PC-SAFT equation 

of state 

ɛ AiBi /k association energy parameter (K) in PC-SAFT equa- 

tion of state 

k AiBi effective association volume in PC-SAFT equation of 

state 

σ segment diameter ( ̊A) in PC-SAFT equation of state 

ρ density (kg m 
−3 ) 

Subscripts 

A absolute 

AVG average deviation 

C critical property 

calc calculated 

i component i 

j component j 

lit literature 

meas measured 

R relative 

hydrocarbons via hydrodeoxygenation to produce renewable fuel 

and chemicals [9] . Similarly, the pyrolysis of polyalkene plastics 

like polyethylene (PE) and polypropylene (PP) yields oils and waxes 

with mainly aliphatic composition consisting of a series of alkanes, 

alkenes and alkadienes [ 10 , 11 ]. Thus, the derived oils and waxes 

show great potential as a feedstock for the production of new plas- 

tics or refined fuels. Alkanes such as n -dodecane and n -hexadecane 

exhibit excellent solvent properties and are applied for the fuel 

production as well. 

In this work, bubble point pressures for the mixtures of n - 

dodecane + phenol and n -hexadecane + phenol have been mea- 

sured at 523.15 K and 573.15 K. The measurements were conducted 

using high-pressure apparatus with the continuous flow bubble 

point detection method. The phase transition was observed with 

a video camera integrated within the measurement apparatus. The 

bubble point pressures of water were measured to demonstrate the 

performance of the apparatus and the measuring method. Isother- 

mal vapor-liquid equilibria of n -dodecane + phenol have been 

measured by Schmelzer et al. [31] 393.15 K and 433.15 K and iso- 

baric vapor-liquid equilibria of n -dodecane + phenol at 101.32 kPa 

have been presented by Aarna et al. [32] . No phase equilibrium 

data were found for n -hexadecane + phenol system in the liter- 

ature. The measured systems were modeled with Peng-Robinson 

[12] and Perturbed-Chain Statistical Associating Fluid Theory (PC- 

SAFT) [13] equations of state and Non-random Two-liquid (NRTL) 

activity coefficient model [14] . 

2. Experimental 

2.1. Materials 

Table 1 lists the materials and their specifications. Milli-Q ul- 

trapure water (Type I) was obtained from the water purification 

system (Direct-Q 5 UV). 

2.2. Apparatus 

The sapphire tube-equipped continuous flow apparatus was 

adopted for the determination of pure component vapor pressures 

and bubble point pressures of mixtures. Uusi-Kyyny et al. [15] de- 

tail the construction and operation of the equipment. In this work, 

the equipment was operated with slight modifications. The ex- 

perimental set-up is presented in Fig. 1 . The apparatus consisted 

of three syringe pumps, two separate pumps for pumping fluid 

to the system (Isco Teledyne, model 260D) and one for receiv- 

ing the fluid (Isco Teledyne, model 500D), a high-pressure micro 

mixer (micro4industries GmbH, Germany), an oven taken from an 

old gas chromatograph (HP 5890 Series II), electrically traced lines 

and the equilibrium cell (maximum allowed conditions < 673 K 

and < 20 MPa). The equilibrium cell consisted of sapphire glass 

windows with a temperature probe integrated into the cell. The 

temperature of the pumps was controlled with a circulator ther- 

mostat. The temperature control of the pumps and the electrical 

tracing of the lines was required to prevent phenol solidification 

(melting point of phenol 314.06 K [16] ) and cloggage in the lines 

at room temperature. The temperature control unit (Meyer-vastus) 

equipped with a sensor (Pt-100) was used for controlling the tem- 

perature of the heat tracing. The two feed lines were connected 

to the micro mixer to mix the components before being fed into 

the cell. For the mixtures prepared gravimetrically, only one feed 

pump (Isco Teledyne, model 260D) was used. A video camera was 

employed to record the phase change of the fluid in the equilib- 

rium cell through the oven windows. The lines were constructed 

of stainless-steel narrow tubes (AISI 316) with an internal diameter 

of 1 mm. Cell temperature and pressure were continuously logged 

using Keysight 34972a Digital Multimeter. 

Temperatures were measured with Pt-100 probes. The probes 

were calibrated against the Tempcontrol CTR-20 0 0-24 thermome- 

ter equipped with a reference Pt-100 probe, which was calibrated 

at the Finnish National Standards Laboratory (MIKES). The ex- 

panded uncertainty of the digital thermometer was estimated to 

be ±0.12 K (with the coverage factor k = 2). The equilibrium cell 

temperature was measured with a temperature probe inserted in- 

side the cell through a T-piece. The temperatures of the syringe 

pumps were measured with the temperature probes (the Temp- 

control CTR-20 0 0-24 thermometer equipped with Pt-100 probes) 

placed in contact with the syringe pump barrels. 

The pressure was measured in the line between the equilibrium 

cell and the receiving pump with a (absolute) pressure transducer 

(type GE UNIK, pressure range 0–10 MPa, uncertainty for pressure 

measurement 0.0 0 04 MPa using a coverage factor k = 2) at room 

2 
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Table 1 

Lists of chemicals with their specifications. 

Component CAS number Supplier Purity a , mass fraction Purification method 

Phenol 108-95-2 Sigma-Aldrich ≥ 0.99 None 

n -dodecane 112-40-3 Merck KGaA ≥ 0.99 None 

Sigma-Aldrich ≥ 0.99 

n -hexadecane 544-76-3 Merck KGaA ≥ 0.99 None 

Sigma-Aldrich ≥ 0.99 

Water — Aalto University Not determined Ultra-purification 

a The purity as reported by the supplier. 

Fig. 1. Schematic figure of continuous flow apparatus. Tubing (black solid arrows); electrical signals (black dashed arrows); light (orange dashed arrows); water pipelines 

(solid grey lines); heat trace (zigzag lines around the tubing, μ-mixer and valves). 

temperature. The measured pressure was recorded from the mul- 

timeter (type Keysight 34972a, output range 4–20 mA, uncertainty 

for pressure measurement 0.0 0 035 using coverage factor k = 2). The 

pressure sensor was calibrated against a Beamex MC2-PE calibrator 

equipped with an external pressure module: EXT60 (pressure cal- 

ibration uncertainty 0.0031 MPa, using coverage factor k = 2). The 

calibrator is periodically calibrated at Beamex Oy, Finland. The ex- 

panded uncertainty corresponding to pressure measurements was 

estimated to be 0.0032 MPa. The pressures of the syringe pump 

barrels were controlled with built-in strain gauge pressure meters 

in the pumps. Furthermore, the apparatus performance was evalu- 

ated with the determination of vapor pressure of water. The vapor 

pressures were in agreement with the literature value presented in 

Table 5 . 

2.3. Procedure 

The bubble point measurement procedure was conducted with 

an approach similar to earlier work [15] . The developed measure- 

ment scheme was based on continuous fluid flow through the ap- 

paratus. The apparatus operation begun with constant flow rate at 

a pressure higher than the bubble point pressure. The pressure was 

decreased at a controlled rate until the bubble point was observed. 

The phase transition in the equilibrium cell was visually observed. 

The lines and the feed pumps (Isco pump 1 and 2) were evac- 

uated using a vacuum pump prior to feeding the degassed liq- 

uid samples. Prior to the measurements, the flow and tempera- 

ture in the apparatus were let to stabilize. The flow rates from the 

feed pumps were calculated and set to achieve the targeted mix- 

ture compositions in the equilibrium cell. The sample was pumped 

through the apparatus at a continuous flow rate to the measure- 

ment pump (Isco pump 3). Afterwards, the measurement pump 

was set to the initial pressure of measurement. The time needed 

for stabilizing the flow before the first measurement and after each 

temperature change was about 45 min. 

2.4. Uncertainty estimation 

The extended experimental uncertainties U is calculated using 

Equation (1) , 

U = ( kU c ) = k 

√ ∑ 

( U i ) 
2 (1) 

where U i is the standard uncertainty of each influencing compo- 

nent, U c is the combined standard uncertainty of each influenc- 

ing element, and k is the confidence interval [17] . In this work, 

the coverage factor k = 2, which corresponds to a 95 % degree of 

confidence, is applied to characterize the measurements. Table 2 

presents the standard uncertainties of the influencing components. 

For the vapor pressure measurements, the main uncertainty arises 

from the thermometers and pressure meters. For the bubble point 

pressure measurements, the pump set-point resolution is the main 

uncertainty factor. 

The uncertainties of temperature, pressure, density correlation, 

pump flow rate and balance were taken into consideration for the 

determination of the uncertainty in the mole fraction. The mix- 

tures with lower phenol concentration ( x phenol < 0.1) were gravi- 

metrically prepared using a balance (Precisa, XT 620M). The values 

of the individual uncertainties are given in Table 3 . 

To estimate the uncertainty on the overall composition of the 

mixture pumped through the cell, the uncertainty in the num- 

ber of moles is derived. By differentiating the injected amount of 

moles n 1 we obtain, 

d n 1 = d 

(
ρ1 ( T , p ) V 1 

M 1 

)
(2) 

3 
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Table 2 

Uncertainty components (with their standard uncertainties) of the vapor 

pressure and the bubble point pressure measurements. 

Vapor Pressure Measurement 

u pressure (MPa) 

pressure calibration uncertainty 0.00156 

pressure sensor uncertainty, by manufacturer 0.0002 

display unit 34091A multiplexer unit, by manufacturer 0.000175 

combined uncertainty, u c,pressure 0.0016 

u temperature (K) 

temperature measurement device uncertainty 0.03 

temperature calibration uncertainty 0.05 

combined uncertainty, u c,temperature 0.06 

Bubble Point Measurement 

u pressure (MPa) 

set-point resolution of the pump 0.005 

pressure calibration uncertainty 0.00156 

pressure sensor uncertainty, by manufacturer 0.0002 

display unit 34091A multiplexer unit, by manufacturer 0.000175 

combined uncertainty, u c,pressure 0.005 

u temperature (K) 

temperature measurement device uncertainty 0.03 

temperature calibration uncertainty 0.05 

combined uncertainty, u c,temperature 0.06 

Table 3 

Individual uncertainties employed for the estimation of uncertainty in mole 

fraction. 

Influencing component Uncertainty 

Pressure, Bubble point pressure measurements 0.01 MPa 

Pressure, Vapor pressure measurements 0.0032 MPa 

Temperature 0.12 K 

DIPPR density correlation uncertainty for phenol, 

n -dodecane and n -hexadecane [16] 

±0.01 ρ

Set-point accuracy of the pumps; V = flow rate (cm 
3 ) 0.5 % of V 

Balance 0.006 g 

which results as an equation for the theoretical standard uncer- 

tainty, 

�n 1 = 

V 1 
M 1 

�ρ1 + 

V 1 
M 1 

(∣∣∣∣d ρ1 

d T 

∣∣∣∣�T + 

d ρ1 

d p 
�p 

)
+ 

ρ1 

M 1 

�V 1 (3) 

The modification of the pressure derivative of density gives, 

�n 1 = 

V 1 
M 1 

�ρ1 + 

V 1 
M 1 

(∣∣∣∣d ρ1 

d T 

∣∣∣∣�T + 

(
−m 1 

V 2 
1 

d V 1 
d p 

�p 

) )

+ 

ρ1 

M 1 

�V 1 (4) 

By taking ρ1 V 1 /M 1 = n 1 as a multiplier, 

�n 1 = n 1 

(
�ρ1 

ρ1 

+ 

1 

ρ1 

∣∣∣∣d ρ1 

d T 

∣∣∣∣�T + 

(
− 1 

V 1 

(
d V 1 
d p 

)
T 

)
�p + 

�V 1 
V 1 

)
(5) 

and setting κ1 which is the isothermal compressibility given as, 

κ1 = − 1 

V 1 

(
d V 1 
d p 

)
T 

(6) 

Replacing κ i in Equation (5) , we obtain, 

�n 1 = n 1 

(
�ρ1 

ρ1 

+ 

1 

ρ1 

∣∣∣∣d ρ1 

d T 

∣∣∣∣�T + κ1 ∗ �p + 

�V 1 
V 1 

)
(7) 

The corresponding equation is also valid for Component 2. In 

Equation (7) temperature derivative of density was calculated from 

the density correlation [18] and the compressibility of a liquid was 

obtained from the Hankinson–Brobst–Thompson model [19] . Thus, 

the uncertainty estimate in overall mole fractions was determined 

from, 

�z 1 = 

∣∣∣∣ n 1 

( n 1 + n 2 ) 
− ( n 1 + �n 1 ) 

( n 1 + �n 1 ) + ( n 2 − �n 2 ) 

∣∣∣∣ (8) 

The uncertainty determination for the gravimetric mixtures is 

presented in Equation (9) , here the uncertainty of the scale ( �w ) 

was taken in account. The uncertainty estimate in overall mole 

fractions was determined using, 

�z 1 = 

( ∣∣∣∣�w 1 

w 1 

∣∣∣∣ + 

∣∣∣∣∣
�w 1 
M 1 

w 1 
M 1 

+ 
w 1 
M 2 

∣∣∣∣∣ + 

∣∣∣∣∣
�w 2 
M 2 

w 1 
M 1 

+ 
w 1 
M 2 

∣∣∣∣∣
) 

z 1 (9) 

3. Results 

3.1. Vapor pressures of pure components 

Vapor pressures of pure components phenol, water, n- 

hexadecane and dodecane were measured with the continuous 

flow apparatus. The measured vapor pressures of phenol, n - 

hexadecane and n -dodecane were compared with the values cal- 

culated from the DIPPR 101 equation [16] , 

P i / Pa = exp 
(
A + B/ ( T /K ) + C ln ( T /K ) + D ( T /K ) 

E 
)

(10) 

where P i is the vapor pressure in Pascal (Pa) of the pure compo- 

nent i at the system temperature T in Kelvin unit (K). Table 4 lists 

the parameters A through E obtained from the literature [16] . 

The DIPPR vapor pressure correlation uncertainty for phenol is 

given as 3 % [16] . The DIPPR uncertainty designations are approx- 

imate and the DIPPR uncertainty will rarely be the same as ex- 

perimental estimates [20] . It was observed that the calculated va- 

por pressures of phenol using correlation deviated from the exper- 

imental vapor pressures at 523K and 573 K with 2.5 %. However, 

this deviation was higher than the experimental uncertainty (in 

Table 2 ). Therefore, the vapor pressure correlation parameters for 

phenol were regressed. The regression was performed using the 

vapor pressure data from this work ( T = 523 K and 573 K) and 

the literature data ( T = 393 K and 433 K) [31] in order to corre- 

late the measured and the calculated vapor pressures for elevated 

temperatures. The experimental vapor pressure of phenol deviated 

from the calculated vapor pressure using new regressed parame- 

ters with 1.6 %, in Table 5 . Further, the calculated vapor pressures 

of n-alkanes using the correlation were in-line with the measured 

vapor pressures, thus the DIPPR correlation parameters were em- 

ployed for n-dodecane and n-hexadecane. 

The measured vapor pressures of water were compared with 

the reference values [21] . 

The measured and calculated vapor pressure values for all com- 

ponents are presented in Table 5 and compared in Fig. 2 . The abso- 

lute and relative average vapor pressure deviations were calculated 

to evaluate the agreement between the measured vapor pressures 

and values calculated with the literature correlation. These devi- 

ations for water, phenol, n -hexadecane and n -dodecane are pre- 

sented in Table 5 . The deviations are within the uncertainty of 

correlation used and the experimental uncertainty. It indicates the 

measured vapor pressures values agree well with the calculated 

ones. In addition, the performance of the apparatus and the mea- 

surement method was proven reliable. 

3.2. Bubble point pressures measurements and modeling 

The bubble point pressures for the systems of n - 

dodecane + phenol and n -hexadecane + phenol were measured 

with a continuous flow apparatus under isothermal conditions. The 

4 
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Table 4 

Parameters for pure components used in calculations. 

Phenol n-hexadecane n-dodecane Water 

MW 
a /g mol −1 94.1112 226.441 170.335 18.0153 

T c 
b /K 694.25 723 658 647.10 

P c 
c /MPa 6.13 1.4 1.82 22.06 

v l 
d /m 

3 kmol −1 0.0889403 0.294213 0.228605 0.0180691 

ωe 0.44346 0.717404 0.576385 0.344861 

A f 61.9874 ∗ 156.06 137.47 73.649 

B f –8135.75 ∗ –15015 –11976 –7258.2 

C f –5.3197 ∗ 18.941 –16.698 –7.3037 

D f 0 6.8172E–06 8.0906E-06 4.1653E–06 

E f 0 2 2 2 

T min 
f /K 393.15 291.30 263.57 273.16 

T max 
f /K 573.15 723 658 647.09 

m i 
g 3.78605 6.6485 5.3060 1.0656 

σ i 
g / ̊A 3.2007 3.9552 3.8959 3.0007 

ɛ i /k 
g /K 293.649 254.70 249.21 366.51 

k A i B i , g 0.00634 - - 0.034868 

ɛ A i B i /k g /K 1640.63 - - 2500.7 

�P vap,A,AVG 
h /MPa 0.001 0.0004 0.0005 - 

�v l,A,AVG 
i /cm 

3 mol −1 0.53 2.0 1.7 - 

T range 
j /K 343–585 314–625 263–573 - 

a Ref. [16] Molecular weight, MW . 
b Ref. [16] Critical pressure, T c . 
c Ref. [16] Critical pressure, P c . 
d Ref. [16] Liquid molar volume at 298 K, v l . 
e Ref. [16] Acentric factor, ω. 
f Ref. [16] Vapor pressure correlation parameters for the temperature range from T min to T max . 
g Ref. [ 21 , 22 , 34 ] PC-SAFT parameters: the segment number m i , the segment diameter σ i , the segment 

energy ɛ i /k , the effective association volume k AiBi , the association energy ɛ AiBi /k . 
h Pure component average absolute vapor pressure deviation using PC-SAFT parameters: �P v ap,A,AVG = 

( 
∑ N 

i =1 | P i,lit −P i,calc | ) 
N 

where N is the number of data points, P i,lit is the vapor pressure (Pa) value from the lit- 

erature, P i,calc is the calculated vapor pressure (Pa). 
i Pure component average absolute molar volume deviation using PC-SAFT parameters: �v l,A,AVG = 

( 
∑ N 

i =1 | v i,lit −v i,calc | ) 
N 

where N is the number of data points, v i,lit is the molar volume (cm 
3 mol −1 ) value from 

the literature, v i,calc is the calculated molar volume (cm 
3 mol −1 ). 

j Temperature range that was used in the regression of PC-SAFT parameters. 
∗ The regressed vapor pressure correlation parameters of phenol using the measured vapor pressures in 

this work and the vapor pressures from the literature [31] . 

Table 5 

Vapor pressures of water, phenol, n-hexadecane and n-dodecane from this work 

( P meas ), literature correlation ( P lit ), pressure deviation ( �P ) and relative vapor 

pressure deviation ( P vap,R ) at temperature ( T ). 

Component T /K P meas /MPa P lit 
a /MPa �P b /MPa P vap,R 

c /% 

Water 453.6 1.006 1.004 d 0.002 0.20 

473.4 1.565 1.562 d 0.003 0.19 

Phenol 524.4 0.491 0.499 –0.008 1.63 

574.8 1.206 1.194 0.012 1.00 

n-hexadecane 523.7 0.043 0.043 0.00 0 

574.1 0.137 0.137 0.00 0 

n-dodecane 523.4 0.213 0.213 0.00 0 

573.1 0.530 0.530 0.00 0 

623.1 1.151 1.138 0.013 1.13 

The extended uncertainties of temperature and pressure were calculated using a 

coverage factor k = 2, u(T) = 0.12 K and u(P) = 0.0032 MPa. 

Vapor pressure correlation uncertainty was given 3 % [16] . 

Vapor pressure uncertainty of water for the literature value was given 0.05 % 

[21] . 
a The values are calculated from Equation (10) . 
b Pressure deviation, �P = P meas − P lit 
c Relative vapor pressure deviation P v ap,R = | ( P i,meas − P i,lit ) / P i,meas | where P i,meas 

is the measured vapor pressure, P i,lit is the calculated vapor pressure from cor- 

relation [16] . 
d Values from the reference [21] . 

results from the bubble point measurements of n -dodecane + phe- 

nol and n -hexadecane + phenol are presented in Tables 6 and 

7 respectively. 

The n -dodecane + phenol and n -hexadecane + phenol systems 

were modeled with PC-SAFT [ 13 , 21 ] and Peng-Robinson equations 

Fig. 2. Vapor pressures measured in this work for phenol ( ◦), n -dodecane ( �)and n - 

hexadecane ( �) and, compared with the values calculated using DIPPR 101 equation 

(—) at temperature ( T ). Measured vapor pressures of water ( ♦) are compared with 

the reference value [21] . 

of state [12] and, NRTL activity coefficient model [14] . The mea- 

sured data were processed with Aspen Plus (V11). The regression 

was performed with method similar to previous work [24] . The 

PC-SAFT and Peng–Robinson equations of state were applied in 

two modes. In the first mode, the models were employed without 

the regression of the binary interaction parameters in a predictive 

mode. In the second mode, the binary interaction parameters were 

5 
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Table 6 

Measured bubble point pressures ( P ) for temperature ( T ), phenol mole fraction ( z ) with 

uncertainty (u(z phenol )) for the system n -dodecane + phenol. 

T/K P/MPa z phenol u(z phenol ) T/K P/MPa z phenol u(z phenol ) 

523.4 0.213 0.000 0 573.1 0.530 0.000 0 

523.6 0.216 0.021 x 0.0001 574.6 0.579 0.021 x 0.0001 

524.5 0.272 0.051 x 0.0001 574.7 0.646 0.051 x 0.0001 

524.2 0.288 0.069 x 0.0001 574.7 0.682 0.069 x 0.0001 

523.9 0.301 0.101 0.003 574.8 0.754 0.101 0.003 

524.2 0.361 0.201 0.005 575.0 0.866 0.201 0.005 

524.3 0.419 0.301 0.006 574.8 0.951 0.301 0.006 

524.4 0.448 0.401 0.007 575.1 1.036 0.401 0.007 

524.5 0.474 0.502 0.008 575.2 1.123 0.502 0.008 

523.2 0.496 0.601 0.007 574.9 1.177 0.601 0.007 

524.4 0.515 0.701 0.006 574.7 1.215 0.701 0.006 

524.6 0.523 0.801 0.005 574.7 1.236 0.801 0.005 

524.7 0.521 0.901 0.003 574.7 1.249 0.901 0.003 

524.4 0.491 1.000 0 574.8 1.206 1.000 0 

The extended uncertainties of temperature and pressure were calculated using a cover- 

age factor k = 2, u(T) = 0.12 K and u(P) = 0.01 MPa. The uncertainties in compositions 

were calculated from total derivative using equations 8 and 9 . The bubble point pres- 

sures are provided with 3 decimal digits to reduce error in subsequent analysis. 
x mixtures prepared gravimetrically. 

Table 7 

Measured bubble point pressures ( P ) for temperature ( T ), phenol mole fraction ( z ) with 

uncertainty (u(z phenol )) for the system n -hexadecane + phenol. 

T/K P/MPa z phenol u(z phenol ) T/K P/MPa z phenol u(z phenol ) 

523.7 0.043 0.000 0 574.1 0.137 0.000 0 

524.7 0.059 0.021 x 0.0001 575.1 0.191 0.021 x 0.0001 

524.8 0.084 0.039 x 0.0001 575.0 0.203 0.039 x 0.0001 

525.1 0.099 0.059 x 0.0001 575.2 0.235 0.059 x 0.0001 

524.0 0.130 0.100 0.003 574.1 0.335 0.100 0.003 

524.0 0.196 0.200 0.005 574.9 0.464 0.200 0.005 

524.4 0.272 0.301 0.006 574.9 0.595 0.301 0.006 

523.8 0.302 0.401 0.007 574.8 0.720 0.401 0.007 

524.0 0.343 0.489 0.008 574.8 0.813 0.489 0.008 

524.0 0.380 0.593 0.007 574.7 0.887 0.593 0.007 

524.3 0.416 0.694 0.006 574.8 0.988 0.694 0.006 

524.6 0.447 0.800 0.005 574.8 1.057 0.800 0.005 

524.3 0.466 0.898 0.003 574.7 1.154 0.898 0.003 

524.4 0.491 1.000 0 574.8 1.206 1.000 0 

The extended uncertainties of temperature and pressure were calculated using a cover- 

age factor k = 2, u(T) = 0.12 K and u(P) = 0.01 MPa. The uncertainties in compositions 

were calculated from total derivative using equations 8 and 9 . The bubble point pres- 

sures are provided with 3 decimal digits to reduce error in subsequent analysis. 
x mixtures prepared gravimetrically. 

regressed against the experimental data. The NRTL activity coeffi- 

cient model was applied only in the second mode for parameters 

regression. 

The maximum likelihood objective function ( Q ), which is 

the generalization of the least-squares method [25] , was used 

for the bubble point regression in Equation (11) . The equa- 

tion takes into account all the measured T, P, x and y val- 

ues. In this work, the vapor mole fraction ( y ) was not mea- 

sured, therefore y is excluded during the calculation. On the 

other hand, the literature data [31] includes both x and y val- 

ues and these values were employed in the regression. Therefore, 

the general form of maximum likelihood equation is presented in 

Equation (11) . 

Q = 

NDG ∑ 

n =1 

w n 

NP ∑ 

i =1 

[ (
T e,i − T m,i 

σT,i 

)2 

+ 

(
P e,i − P m,i 

σP,i 

)2 
] 

+ 

NC−1 ∑ 

j=1 

(
x e,i, j − x m,i, j 

σx,i, j 

)2 

+ 

NC−1 ∑ 

j=1 

(
y e,i, j − y m,i, j 

σx,i, j 

)2 

(11) 

where: 

Q The objective function to be minimized by data regression 

NDG The number of data groups in the regression case 

w n The weight of data group n 

NP The number of points in data group n 

NC The number of components present in the data group 

T, P, x, y Temperature, pressure, liquid and vapor mole fractions 

E Estimated data 

M Measured data 

I Data for data point i 

J Fraction data for component j 

� Standard deviation of the indicated data 

3.2.1. Peng-Robinson equation of state 

The Peng–Robinson equation of state requires three parame- 

ters for each component: critical temperature ( T c ), critical pressure 

( P c ) and acentric factor ( ω) [12] . For calculating the properties of 

mixtures, a mixing rule is required. This work applies the Peng- 

Robinson equation of state with 1) the standard quadratic mixing 

rule for attractive term with a temperature-independent binary in- 

teraction parameter ( k ij ) and 2) the linear mixing rule for the co- 

volume term to calculate the properties of multicomponent sys- 
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Table 8 

The binary interaction parameters of the Peng-Robinson (k ij ) and the PC-SAFT (k ij ) equations of 

states, the absolute ( �P A,AVG / MPa) and relative ( �P R,AVG /MPa) average pressure deviations for n - 

dodecane + phenol and n -hexadecane + phenol systems. 

Model 

System 

n -dodecane + phenol n -hexadecane + phenol 

k ij �P A,AVG 
a / MPa �P R,AVG 

b / % k ij �P A,AVG 
a / MPa �P R,AVG 

b / % 

PR 0 0.03 c 5.2 c 0 0.04 c 8.8 c 

–0.029 0.03 c 5.1 c –0.032 0.04 c 8.6 c 

0 0.0023 d 8.3 d – – –

–0.029 0.0019 d 7.2 d – – –

PC-SAFT 0 0.102 c 14.75 c 0 0.09 c 22.06 c 

0.039 0.03 c 5.3 c 0.057 0.02 c 6.38 c 

0 0.007 d 22.5 d – – –

0.039 0.002 d 6.3 d – – –

a The average absolute pressure deviation P A,AVG = 
( 
∑ N 

i =1 | P i,meas −P i,calc | ) 
N 

where N is the number of data 

points, P i,meas is the measured pressure, P i,calc is the calculated pressure. 

b The relative average pressure deviation P R,AVG = 
( 
∑ N 

i =1 | ( P i,meas −P i,calc ) / P i,meas | ) 
N 

where N is the number 

of data points P i,meas is the measured pressure, P i,calc is the calculated pressure. 
c Values measured in this work. 
d Literature data [31] . 

Fig. 3. The bubble point pressures ( P ) of n -dodecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( ♦) 523 K, (x) 573 K. Literature 

values [31] : ( �) 393.15 K, ( �) 433.15 K. Calculated values with the Peng-Robinson 

equation of state: (......) k ij = 0, (—) k ij = –0.029. Pure component vapor pressures 

measured in this work marked red. 

tems. The parameters for the pure components are presented in 

Table 4 . 

The measured and modeled bubble point pressures of n - 

dodecane + phenol are shown in Fig. 3 . The vapor-liquid equilib- 

rium data for n -dodecane + phenol were obtained from the lit- 

erature [31] at the temperature range 393.15–433.15 K. The binary 

interaction parameter was obtained from the regression of exper- 

imental data from this work and the literature data [31] . The ab- 

solute and relative pressure deviations were calculated for all pre- 

dicted and optimized cases. The absolute and relative pressure de- 

viations and the regressed binary interaction parameters are pre- 

sented in Table 8 . The behaviour of the measurements of this 

work are described adequately, even though the binary interaction 

parameter was regressed against the literature data points. From 

Table 8 , small change in absolute and relative deviations were ob- 

Fig. 4. The bubble point pressures ( P ) of n -hexadecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( �) 523 K, ( �) 573 K. Calculated 

values with the Peng-Robinson equation of state: (......) k ij = 0, (—) k ij = –0.032 . 

Pure component vapor pressures measured in this work marked red. 

served with the parameter regression. Nevertheless, the ability of 

the model to predict the behaviour of the measurements without 

any parameter fit is also within an acceptable level. 

It can be observed from Fig. 3 that the Peng-Robinson model 

without interaction parameters predicts a liquid-liquid split at the 

lower temperatures 393 K and 433 K [31] . After fitting the bi- 

nary interaction parameter, the phase split reduces but does not 

disappear. The system is highly non-ideal which could possibly 

cause such behaviour with quadratic mixing rule in equation of 

state models. In addition, the PR binary parameters were opti- 

mized for each isothermal data separately. A plot was obtained 

employing the optimized binary parameters as a function of tem- 

perature which showed a linear trend with R 2 = 0.9931. The tem- 

perature dependent form of interaction parameter is expressed as 

k ij = 0.0 0 012 ∗T /K – 0.081. However, the model prediction was not 

notably improved on applying the temperature-dependent param- 

eters. 

The measured and modeled bubble point pressures of the n - 

hexadecane + phenol are shown in Fig. 4 . The published data prior 

to this work were not found for the comparison. The absolute and 

relative pressure deviations and the regressed binary interaction 

7 
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parameters are presented in Table 8 . Fig. 4 shows that good agree- 

ment was achieved between the predictive results and the experi- 

mental data. 

3.2.2. PC-SAFT equation of state 

The PC-SAFT equation of state requires three basic pure- 

component parameters and in addition two association parameters 

if a component has tendency to associate. This associating interac- 

tion is considered by an association model proposed by Chapman 

et al. [26] based on Wertheim’s first-order thermodynamic pertur- 

bation theory. Thus, an associating component is characterized by 

five pure-component parameters. The three basic parameters are 

the segment number ( m i ), the segment diameter ( σ i ) and the seg- 

ment energy ( ɛ i /k ) [22] . The association parameters are the effec- 

tive association volume ( k AiBi ) and the association energy ( ɛ AiBi /k ) 
[13] . For predicting properties of mixtures, van der Waals one-fluid 

mixing rules and conventional Berthelot-Lorentz combining rules 

were applied with one binary interaction parameter k ij [22] . 

The components n -dodecane and n -hexadecane are non- 

associating, whereas phenol is an associating component [27] . 

Huang and Radosz [27] described about the types of bonding in 

associating fluids such as water, alkanols, acid and amines. Each 

hydroxylic group (OH) in alkanols has association sites and associ- 

ation models are proposed based on the association sites. 2B and 

3B association models are proposed for phenol (alkanols), where 

2B is considered as assigned type (with 2 association sites) and 3B 

as rigorous type (with 3 association sites) [27] . In addition, Gross 

and Sadowski [13] outlined that all associating components are as- 

signed two association sites; also referred as 2B model. Recently, 

NguyenHuynh et al. [8] described phenol by four parameter sets 

with different association schemes in addition of a dipolar term. 

The association scheme of phenol is complex to detail; however, 

association schemes are equally important for modeling. In this 

work, phenol is modeled as associating component with two as- 

sociation sites i.e. 2B association scheme. 

The PC-SAFT parameters for phenol available in Aspen Plus and 

for hydrocarbons from literature [22] were adopted. These pure- 

component PC-SAFT parameters were evaluated against the pure 

component vapor pressure and the molar volume data retrieved 

with Aspen Plus from the NIST ThermoData Engine database. The 

absolute average vapor pressure and the molar volume deviations 

from the regression are presented in Table 4 . The deviations were 

minimal and thus, the regression could be considered successful. 

The measured and modeled bubble point pressures of n - 

dodecane + phenol are shown in Fig. 5 . The vapor-liquid equilib- 

rium data for the phenol n -dodecane + phenol were obtained from 

the literature [31] at the temperature range 393.15–433.15 K. The 

binary interaction parameter was obtained from the regression of 

experimental data in this work and the literature data [31] . The 

absolute and relative pressure deviations were calculated for pre- 

dicted and optimized cases. The absolute and relative pressure de- 

viations and, the regressed binary interaction parameters are pre- 

sented in Table 8 . 

PC-SAFT prediction considerably improved when optimizing the 

temperature-independent binary interaction parameter regression 

in comparison to the predictive approach where the parameter 

was set to 0. The binary interaction parameter was regressed with 

the experimental data in this work and the literature data [31] . 

Fig. 5 shows that the experimental data fit against the regressed 

model is much better than the predictive one. This was also proven 

from the decreased average absolute and relative deviations with 

the binary interaction parameter regression in Table 8 . 

The measured and modeled bubble point pressures of n - 

hexadecane + phenol are presented in Fig. 6 . Literature data prior 

to this work were not found for comparison. Fig. 6 indicates a 

clear improvement of the experimental data fit with the regressed 

Fig. 5. The bubble point pressures ( P ) of n -dodecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( ♦) 523 K, (x) 573 K. Literature val- 

ues [31] : ( �) 393.15 K, ( �) 433.15 K. Calculated values with the PC-SAFT equation 

of state: (......) k ij = 0, (—) k ij = 0.039 . Pure component vapor pressures measured 

in this work marked red. 

Fig. 6. The bubble point pressures ( P ) of n -hexadecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( �) 523 K, ( �) 573 K. Calculated 

values with the PC-SAFT equation of state: (......) k ij = 0, (—) k ij = 0.057 . Pure com- 

ponent vapor pressures measured in this work marked red. 

model compared to the predicted one. It was also observed from 

the decreased values of the average absolute and relative devia- 

tions with the binary interaction parameter regression in Table 8 . 

3.2.3. Non-random Two-Liquid activity coefficient model 

The non-random two-liquid (NRTL) activity coefficient model 

developed by Renon and Prausnitz [14] is based on the local com- 

position theory of Wilson [28] and the two-liquid solution theory 

of Scott [29] . The NRTL model contains three adjustable parameters 

that are specific for each binary system [14] . These adjustable pa- 

rameters are τ ij or (g ij – g jj )/RT, τ ji or (g ji – g ii )/RT and αij . The 

two energy interaction parameters account for pure-component 

liquid interactions (g ii and g jj ) and mixed-liquid interactions (g ij 
and g ji ). The non-randomness factor ( αij ) can be set a prior. In 

8 
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Fig. 7. The bubble point pressures ( P ) of n -dodecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( ♦) 523 K, (x) 573 K. Literature val- 

ues [31] : ( �) 393.15 K, ( �) 433.15 K. Calculated values with the NRTL activity coef- 

ficient model ( ). Pure component vapor pressures measured in this work marked 

red. 

this work, the temperature-dependent energy parameters were re- 

gressed, and the non-randomness factor was kept 0.2 as employed 

in the literature [29] . In regression, NRTL-RK property method was 

applied. NRTL-RK method uses NRTL activity coefficient model for 

liquid phase and Redlich-Kwong (RK) equation of state for vapor 

phase calculation [30] . In this work, the RK binary interaction pa- 

rameters were not regressed as the highest non-ideality is in liquid 

phase. 

The vapor-liquid criteria are defined as 

y i 
i p = x i γi 

sat 
i p sat i POY (12) 

where x and y are liquid and vapor mole fractions of component 

i, ɸ is the vapor phase fugacity, p is the pressure of the system, γ
is the activity coefficient, p i 

sat is the vapor pressure of the compo- 

nent, POY refers to the Poynting correction and index “sat” refers 

to the saturated state. 

The vapor-liquid equilibrium data for the phenol n - 

dodecane + phenol was obtained from the literature [31] at 

the temperature range 393.15–433.15 K. The measured and mod- 

eled bubble point pressures of n -dodecane + phenol are shown 

in Fig. 7 . The binary interaction parameters were obtained from 

the regression of experimental data in this work and the litera- 

ture data. The absolute and relative pressure deviations and, the 

regressed binary interaction parameters are presented in Table 9 . 

Fig. 7 shows that the experimental data are well fitted with the 

regressed model for all temperatures. 

The measured and modeled bubble point pressures of n - 

hexadecane + phenol are presented in Fig. 8 . Literature data prior 

to this work were not found for comparison. Fig. 8 indicates that 

good fit of the experimental data with the regressed model is 

achieved. The average absolute and relative pressure deviations 

and the regressed the energy parameters are presented in Table 9 . 

3.2.4. Regressed parameters 

The binary interaction parameters for Peng-Robinson and PC- 

SAFT equations of state and the regressed NRTL activity coefficient 

model parameters along with the absolute and relative pressure 

Table 9 

NRTL parameters for binary mixtures. 

component i Phenol phenol 

component j n -dodecane n -hexadecane 

Temperature units K K 

Source Regressed Regressed 

Property units: 

a ij –2.45 0.45 

a ji –0.39 –1.31 

b ij / K 2138.89 736.89 

b ji / K 88.52 375.22 

c ij 0.2 0.2 

Tmin / K 393.15 393.15 

Tmax / K 573.15 573.15 

�P A,AVG 
a / MPa x 0.0005 - 

�P R,AVG 
b / % x 2.55 - 

�P A,AVG 
a / MPa ∗ 0.01 0.01 

�P R,AVG 
b / % ∗ 1.79 2.37 

NRTL binary interaction parameters according to Aspen Plus: 

τ ij = a ij + b ij /T, αij = c ij . 

i and j are providing the order of the components in NRTL model.; a-c 

are the NRTL model parameters; T min and T max are the lowest and the 

highest temperatures respectively at which parameters are regressed. 
x Literature data [31] . 
∗ Data from this work. 
a The average absolute pressure deviation P A,AVG = 

( 
∑ N 

i =1 | P i,meas −P i,calc | ) 
N 

where N is the number of data points, P i,meas is the measured pressure, 

P i,calc is the calculated pressure. 
b The relative average pressure deviation P R,AVG = 

( 
∑ N 

i =1 | ( P i,meas −P i,calc ) / P i,meas | ) 
N 

where N is the number of data points P i,meas is 

the measured pressure, P i,calc is the calculated pressure. 

Fig. 8. The bubble point pressures ( P ) of n -hexadecane + phenol system ( x phenol –

mole fraction of phenol) measured in this work: ( �) 523 K, ( �) 573 K. Calculated 

values with the NRTL activity coefficient model ( ). Pure component vapor pres- 

sures measured in this work marked red. 

deviations between the models and the measured data are pre- 

sented in Tables 8 and 9 , respectively. 

3.2.5. VLE phase diagrams 

The formation of azeotrope for n -dodecane + phenol was ob- 

served from the literature [31] at lower temperatures 393 K and 

433K. Similarly, azeotrope formation in this work at 523 K and 

573 K confirms that the azeotrope continues at higher tempera- 

tures as well. The phase diagrams of n -dodecane + phenol pre- 

dicted from this work and the literature data [31] are presented in 

9 
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Fig. 9. VLE phase diagram of n -dodecane and phenol system measured in this work 

( ♦) at 523.15 K. Vapor and liquid phase calculated from the PC-SAFT (......) k ij = 

0.039 and Peng-Robinson equations of state ( ) k ij = –0.029 and, from the regres- 

sion of NRTL parameters (- - - -). The expanded pressure uncertainty calculated using 

a coverage factor k = 2, u ( P ) = 0.01 MPa used as the error bars. 

Fig. 10. VLE phase diagram of n -dodecane and phenol system measured in this 

work (x) at 573.15 K. Vapor and liquid phase calculated from the PC-SAFT ( ) 

k ij = 0.039 and Peng-Robinson equation of state ( ) k ij = –0.029 and, from the re- 

gression of NRTL parameters ( ). The expanded pressure uncertainty calculated 

using a coverage factor k = 2, u ( P ) = 0.01 MPa used as the error bars. 

Figs. 9 –14 . The activity coefficient model described the behaviour 

of the measured and the literature data very well in Figs. 9 –11 . For 

the measured data, the NRTL model fit is as good as the data in 

Figs. 9 and 10 . At lower temperatures, the predictions from both 

the equations of state are in acceptable level in Figs. 12 –14 . The 

Peng-Robinson equation of state calculated the azeotropic compo- 

sitions at higher pressures in comparison to other two models. 

The optimized azeotropic compositions, temperature and pressures 

from the models are presented in Table 10 . 

Fig. 11. VLE phase diagram of n -dodecane and phenol system obtained from the lit- 

erature [31] ( �) at 433.15 K and ( �) at 393.15 K. Vapor and liquid phase calculated 

from the regression of NRTL parameters. 

Fig. 12. VLE phase diagram of n -dodecane and phenol system obtained from the 

literature [31] ( �) at 433.15 K and ( �) at 393.15 K. Vapor and liquid phase calcu- 

lated from the PC-SAFT equation of state (.....) k ij = 0.039. 

3.2.6. Azeotropic compositions 

The VLE measurement near the azeotropic regions is challeng- 

ing as a minor experimental error could lead to relatively large 

shift in azeotropic points. A thermodynamic model regressed over 

a wide range of compositions is reliable as well in predicting the 

azeotropic points. Therefore, the azeotropic compositions were cal- 

culated using equations of state and activity coefficient model em- 

ploying the phase equilibrium data. 

10 
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Table 10 

Azeotropic compositions, pressures and temperatures calculated from the PC-SAFT (k ij = 0.057) and 

the Peng-Robinson (k ij = –0.029) equation of states and, from the regression of NRTL activity coef- 

ficient model for n -dodecane + phenol system from this work and the literature data, along with 

measured the azeotropic compositions from the literature. 

Temperature Azeotropic composition Azeotropic pressure 

(K) ( x phenol ) (MPa) 

Peng-Robinson 393.15 a 0.804 0.016 

433.15 a 0.826 0.062 

523.15 b 0.880 0.528 

573.15 b 0.909 1.259 

PC-SAFT 393.15 a 0.792 0.016 

433.15 a 0.817 0.062 

523.15 b 0.866 0.510 

573.15 b 0.888 1.231 

NRTL 393.15 a 0.771 0.015 

433.15 a 0.793 0.060 

523.15 b 0.826 0.509 

573.15 b 0.853 1.239 

Literature [31] 393.15 0.7810 0.0155 

433.15 0.8020 0.0612 

Literature [32] 450.85 0.778 0.10132 

Literature [33] 450.73 0.7900 0.10133 

Estimated uncertainty in T, P, x phenol are respectively, u ( T ) = 0.003 K, u ( P ) = 20 Pa, 

u ( x phenol ) = 0.0 0 0 03 to 0.0086 for the literature data [31] . 

Estimated uncertainty in T, P, x phenol are respectively, u ( T ) = 0.12 K, u ( P ) = 0.01 MPa, 

u ( x phenol ) = 0.0 0 01 to 0.008 in this work. 
a Calculated from the literature data [31] . 
b Calculated from this work. 

The literature [31] and the calculated azeotropic compositions 

for n-dodecane and phenol along with azeotropic temperatures 

and pressures are presented in Table 10 . The calculated azeotropic 

compositions x az at azeotropic pressures are plotted as a func- 

tion of temperature in Fig. 15 , together with azeotropic data de- 

termined by other authors [ 32 , 33 ]. Fig. 15 shows the temperature 

dependence of the azeotropic points. The Peng-Robinson equation 

of state predicted the azeotropic compositions with higher phenol 

concentration in comparison to PC-SAFT and NRTL model. More- 

over, the azeotropic compositions calculated from the NRTL model 

correlate well with the literature data in Fig. 15 . 

4. Discussions 

4.1. PC-SAFT parameters for phenol 

The phenol PC-SAFT parameters with 2B association scheme 

were obtained from different sources [ 8 , 22 , 34 ]. These pure- 

component PC-SAFT parameters were evaluated against the pure- 

component vapor pressure and the molar volume data retrieved 

with the Aspen Plus from the NIST ThermoData Engine database. 

The average absolute vapor pressure and molar volume deviations 

for phenol using PC-SAFT parameters from various sources are pre- 

sented in Table 11 . The PC-SAFT parameters for phenol available in 

Aspen Plus resulted in the lowest vapor pressure deviations pre- 

sented in Table 11 . Therefore, the pure-component PC-SAFT param- 

eters for phenol available in Aspen Plus were employed for model- 

ing in this work. 

4.2. Vapor pressures predictions 

The experimental pure components vapor pressures are in good 

agreement with the vapor pressures predicted from the Peng- 

Robinson equation of state for all the temperatures 393 K–573 K 

in Figs. 3 , 4 , 9 , 10 , 13 and 14 . Similarly, the pure components vapor 

pressures predicted from the PC-SAFT equation of state agree well 

with the experimental data at temperatures 393–523 K in Figs. 6 , 9 

and 13 . However, at 573 K the experimental phenol vapor pres- 

Table 11 

Average absolute vapor pressure and molar volume deviations of 

phenol obtained with PC-SAFT equation of state parameters from 

various sources. Experimental data are taken from NIST Thermo- 

Data Engine database. 

References [8] [23] [34] e 

m i 
a 4.2473 2.6844 3.78605 

σ i 
a / ̊A 3.0341 3.5660 3.2007 

ɛ i /k 
a /K 281.12 250.37 293.649 

k AiBi , a 1.63 × 10 −7 0.086578 0.00634 

ɛ AiBi /k a /K 4300 2827.6 1640.63 

�P vap,A,AVG 
b /MPa 0.003 0.03 0.001 

�v l,A,AVG 
c /cm 

3 mol- 1 1.82 0.2 0.53 

T range 
d /K 343–585 343–585 343–585 

a PC-SAFT parameters: the segment number m i , the segment di- 

ameter σ i , the segment energy ɛ i /k , the effective association vol- 
ume k AiBi , the association energy ɛ AiBi /k . 

b Pure component average absolute vapor pressure deviation 

using PC-SAFT parameters: �P v ap,A,AVG = 
( 
∑ N 

i =1 | P i,lit −P i,calc | ) 
N 

where 

N = 54 is the number of data points, P i,lit is the vapor pressure 

(Pa) value from the literature, P i,calc is the calculated vapor pres- 

sure (Pa). 
c Pure component average absolute molar volume deviation us- 

ing PC-SAFT parameters: �v l,A,AVG = 
( 
∑ N 

i =1 | v i,lit −v i,calc | ) 
N 

where N = 95 

is the number of data points, v i,lit is the molar volume (cm 
3 mol −1 ) 

value from the literature, v i,calc is the calculated molar volume (cm 
3 

mol −1 ). 
d Temperature range that was used in the regression of PC-SAFT 

parameters. 
e Pure component PC-SAFT parameters available in Aspen Plus 

[34] obtained from NIST-TRC databank. 

sure deviates from the PC-SAFT regressed model in Figs. 6 and 10 . 

As presented in Table 5 , the comparison of measured vapor pres- 

sures of phenol in this work with the literature value showed re- 

liable results as the deviations are within the correlation and the 

experimental uncertainties. It shows that the vapor pressures pre- 

diction would probably improve with the temperature-dependent 

pure component PC-SAFT parameters for phenol at higher temper- 

atures. 
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Fig. 13. VLE phase diagram of n -dodecane + phenol system from the literature 

[31] at ( �) 433.15 K. Vapor and liquid phase calculated from the Peng-Robinson 

equation of state ( ) k ij = –0.029. 

Fig. 14. VLE phase diagram of n -dodecane + phenol system from the literature 

[31] at ( �) 393.15 K. Vapor and liquid phase calculated from the Peng-Robinson 

equation of state ( ) k ij = –0.029. 

4.3. Isobaric VLE 

The isobaric phase diagram at 101.32 kPa for n - 

dodecane + phenol was calculated using the Peng-Robinson 

and PC-SAFT equations of state and the NRTL model, presented 

in Fig. 16 with the measurements from the literature [32] . The 

regressed parameters presented in Tables 8 and 9 were employed 

for the phase diagram calculation. The literature data and the cal- 

culated phase diagram are presented in Fig. 16 . Fig. 16 illustrates 

that the liquid phase and the azeotropic points predicted from the 

NRTL model are in good agreement with the experimental data. 

Fig. 15. Azeotropic compositions for n -dodecane (1) + phenol (2) system calcu- 

lated from the Peng-Robinson ( ) and PC-SAFT (.....) equations of state and the 

NRTL model (—-). Azeotropic data from literature; ( ♦) 393 K and 433 K [31] , ( �) 

450.85 K [32] , (x) 450.73 K [33] . 

Fig. 16. Isobaric VLE phase diagram calculated from the NRTL model, the PC-SAFT 

and the Peng-Robinson equations of state. The measured liquid (o) and vapor phase 

( ×) from the literature [32] . 

This good predictive ability of the NRTL model was also observed 

for the isothermal VLE data as described in Section 3.2.3. 

5. Conclusions 

The phase behaviour of pyrolysis oil components is required to 

improve the thermodynamic models and for the analysis of distil- 

lation and other vapor-liquid separation processes. The phase equi- 

librium is challenging to measure at elevated temperature, espe- 

cially for the highly flammable and toxic chemical compounds. In 

addition, accuracy of experimental data is particularly dependent 

on the measurement methods and the measuring units. This paper 

presents the bubble point pressures measured at 523 K and 573 

K for hydrocarbons and phenol systems using a continuous flow 

apparatus. The bubble point formation indicated a phase transi- 
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tion, which was visually observed from the video recording. The 

pure component vapor pressures of water, phenol, n -dodecane and 

n -hexadecane were measured in order to illustrate the measure- 

ment accuracy of the measuring apparatus and the method. The 

measured vapor pressures of the pure components were compared 

with the literature correlation. The vapor pressure deviations were 

within the uncertainty of the measurements. 

Bubble point pressures of n -dodecane + phenol and n - 

hexadecane + phenol were measured at 523 K and 573 K. The 

measured bubble points can be used for the phase behaviour study 

of model components and to help design the pyrolysis oil sepa- 

ration process. The measured systems were modeled with Peng- 

Robinson and PC-SAFT equations of state and, NRTL activity coeffi- 

cient model. The binary interaction parameters of Peng-Robinson, 

PC-SAFT and NRTL models were optimized. The NRTL activity co- 

efficient model predicted the behaviour of the measured systems 

and the literature data very well covering the temperature range 

393 K–573 K. In this work, the Peng-Robinson equation of state 

has proven good predictive capacity to represent hydrocarbons and 

phenol (oxygenate) with only one parameter regression. Addition- 

ally, the PC-SAFT equation of state predicted the measured sys- 

tems very well with one binary interaction parameter fit. As a 

result, both equations of state and the activity coefficient model 

can be applied as the thermodynamic models for the measured 

systems. The temperature-dependent pure component PC-SAFT pa- 

rameters could possibly improve the vapor pressure prediction 

for elevated temperatures. In this phase equilibrium study, the n - 

dodecane + phenol system showed azeotropic behaviour. 
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